3

MEG Production Techniques

3.1 Genera1 Information
Production of both EO and MEG is large world-wide. This was reported for 1994 as being
7.3 1 million tonnes for MEG and 9.01 million tonnes for EO (Chemica1 Week, 1995). About
70% of MEG is manufactiired from EO. The uses of MEG i n 1994 were:

Polyester fibre

I 55.2%

Antifreeze

18.1%

PET packaging

1 1 .O%

Polyester film

5.9%

Other

9.8%

‘Other’ includes use as a solvent, alkyd and polyester unsaturated resins, and as an intermediate
in the manufacture of various esters and ethers (Greek, 1990). The use of MEG to make
polyester overtook its use for antifreeze in the late 1970s and the proportion used to make
polyester is still rising. The location of plants accounting for 77% of world MEG capacity in
1994 is shown beiow.

Country
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Company

Loca tion

Capaciîy (kte/yr)

Europe
I30

Belgiurn

BP Cheniicals

Antwerp

France

BP Chciiircals

Lavcra

Gerrnany

Buna

Schkopau

65

Erdoicheiiiie

Coiogne

150

tloeclisi

Gendort

Il i i l h

Marl

- 1 o5
- in

Enicherii

Gela

45

F n iclie in

Priolo

Dow

Ternaiizcii

Sheli

Moerdijk

I60

SDain

Indtistriaj Chiinicas

Tarragona

70

Swedeii

Akzo Nobel

Stenungsund

UK

IC1

Wilton

85

Mitsubishi Kagaku

Kashimi

I60

Mitsiibishi Kagaku

Yokkaichi

86

Mitsiii Petrochernical

Ichihara

92

Mitsui Toatsu

Takaishi

70

Nippon Sliokubai

Kawasaki

210

Nisso Manuzen

Ichihara

125

Nisso Prtroclieiiiical

Yokkaichi

88

tionaii Pctruchemical

Y eoclio ti

210

Hyiiiidai f'rtrocheniical

Seosan

I o0

saiiisuiig Gen Chem

Seosan

Italv

Nethcrlands

-

- 25
- I23
- 85

Asiahcific
Japan

Korea

Taiwan

UUle Cast

Saudi Arabia

80

I I3

Singapore
China Manrnade Fibre

Ta-sheh

I10

Oriental Unioii Chern

Linyan City

I50

I

I
Sabic

600

SPDC

200

I

1 Mobil

I80

Growtli in markets is slow at a few percent per year, production is very competitive (Anderson,
1987; Greek, 1990), and piants are continuousiy being both built and decommissioned.
Reduction in capacity was particularly strong in the mid 1980s, while current reports are
principally about expansion. Production by Shell at Geismar, LA, USA increased to 350
kte/year in i 995 and there are plans for further expansion (Chemica1 Week, i 996). Expansion
by Oxychem at Bayport, TX, USA and Union Carbide at Taft, LA, USA are aiso planned. A
fiirtlier plant to produce 88 kte/year is planned for Singapore. Additional plants are planned in
China, Thailand and Malaysia.
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Recent prices (first quarter 1995) are reported to be DM980 to DM 1,050 per tonne for MEG
and DM1,ZOO to DM1,500 per tonne for EO (Chemica1 Week, 1995). The higher price of EO
reflects the stripping and safetyhtorage costs. Quoted prices do not give a good indication of
true value since only a smal1 proportion of the inaterial produced is traded oii the open market
(Landau and Lidov, 1969). Quality of product is of concern to producers, typified by Shell's
'Product Stewardship' initiative (Cheinical Week, 1993).
The original method for the production of MEG was via ethylene chlorohydrin (Gait, 1967), but
this process now appears to fallen iiito disuse (Weismantel, 1979). The process which accounts
for most of current productioii is the inanufacture of EO and its conversion to MEG. This has
been carried out since before the second world war and is described in a number of textbooks,
such as those by Gait (1 967) and Heaton ( 1984) and a chapter by Landau and Lidov ( 1969).
Dow, Union Carbide, Scientific Design (Halcon) and Shell al1 have rival technologies. Newer
processes, particularly the production of MEG directly from ethylene, are being developed
(Weismantel, 1979; Heaton, 1984). Processes involving carbon dioxide with ethylene carbonate
(EC) as an intermediate have been siiggested and this has led on to the patenting of a process
using supercritical carbon dioxide (Bhise, 1983). Research indicates that further supercritical
processes are possible (Tominaga er al., 1995).
Typical MEG specifications for antifreeze use are tabulated below. These specifications are
easily met by the EO-MEG process.
Distillation (760 mmHg)
min. initia1 boiling point
max. for 95%voi.
max. distillation point

193 "C
200 "C
205 "C

Max. water content

0.30

%wt.

Max. acidity as acetic acid

0.005

%wt

Max. carbonyl compounds as acetone

0.005

%wt.

Max. iron as Fe
Max. ash
Specific gravity
Min.
Max.
Solubility in water at 25°C

1.0

ppm

0.005

%wt

1.1 1 5 1

1.1 156

20"C/20°C
20"C/20"C

completely m iscible

Appearance

clear

Max. colour

10

Suspended matter

free

Odoiir

mild

Hazen unit
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For the manufacture of polyester, specifications for MEG are more stringent as shown below:

I

Purity

99.8 (min)

%Wt.

Max. DEG content

o. 1

%Wt.

Max. water content

0.05

%Wt.

10 m d k g

Max. acidity as acetic acid

8

Max. aldehydes as acetaldehyde
Max. iron as Fe

o. 1

Max. inorganic chlorides as C1

o. 1

Max. ash

10

Appearance

colourless/transparent

I

Max. colour ( W C o )

5

Specific graviíy
Min.
Max.

1.1151
1.1156
~~

UV transmittance
Min. at 220 Nm
Min. at 275 Nm
Min. at 350 Nm

~~

70
95
99

Distillation (760 mmHg)
Max. for 0% vol.
Min. for 5% vol.
Max. for 95% vol.
Max. for 99% vol.
Max. 5 9 5 % vol. range

1517-RT-EI7B616C WPD
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20"c/20"c
2O0C/20°C

196 "C
197 "C
198 "C
199 "C

1.5 "C
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Typical specifications for DEG for manufacture of fibres are:
99.7 (min)

%wt.

Max. MEG content

0.05

%wt.

Max. TEG content

0.05

%wt.

Max. water content

0.05

%wt.

Purity

~

Max. acidity (as acetic acid)

50

mg/kg

Max. iron (as Fe)

0.1

mg/kg

Max. inorganic chlorides (as Ci)

0.5

~

10

Max. ach

transparent

Appearance

10

Max. colour (Pt/Co)
Specific gravity

Min.

1.1 175 20"c/20"c
1.1 195 20"c/20"c

Max.

243-246

Distillation range (760 mmHg)

"C

Typical specifications for TEG for manufacture of fibres are:
Purity
Max. water content

97.0 (min)

%wt.

0.05

%wt.

1 O0

Max. ash

transparent

A ppearance
Specific gravity
Min.
Max.

1.124
1.126

Distillation range (760 mmHg)
Min. for 5%vol.
Max. for 95%vol.

280
29 5

"C
"C

3.2 Conventional Processes for Production of MEG from EO
In the archetypal process (Landau and Lidov, i 969), ethylene is oxidised by air or oxygen in
the presence of a silver catalyst and a smal1 quantity of a halogen compound. Typical conditions
are about 230°C and up to 20 bar. The reaction is exothermic and heat must be removed from
the reactor to control the temperature. The reaction mixture then passes int0 a qiiencher
followed by a scrubber to form an aqueous solution of EO. This water solution is then used for
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the direct production of MEC. For EO production, further processing is required. MEG yields
are low, typically around 70%, and niiich effort has been put into attempting to improve the
yield by the use of improved catalysts (very many patents e.g. Mutsuo, 1982) with only minor
success.
Apart from the chemica1 feed from tlie EO to the MEG process, energy from the EO plant is
typically used in the distillation columns ofthe MEG process. A technique tor the we ofwaste
streams frorn the EO process as a fiii-ther energy source, which would be applicable to tlie MEG
puritkation, has been patented (Yuhiliiko, 1986).
A schematic diagram of tlie proces for the conversion of EO to MEG is shown in Figure

3.1.

With reference to this figure. an aqueous solution, typically with a water to EO molar ratio of
I5:1, obtained from the EO plant scrubber, and mixed with recycled and additional make-tip
water is passed into the reactor. An acid or alkali catalyst is also recycled and made-up catalyst
added as required. By-product streains from the EO plant containing MEG may aiso be fed to
the reactor or the subsequent distiliation train.
Reaction then occurs at typical conditions of about 180°C and 20 bar. Some diethylene glycol
(DEG), (typically 12%), triethylene glycol (TEG), (typically 2%), and higher glycols are also
produced, increasing with the concentration of tlie feed solution. The higher glycols are
valuable products.
The aqueous bleed froin this reactor then passes to a distillation train and is separated into
water, MEG, DEG, TEG and waste coiitaining higher glycols.
The original catalyst used was sulphuric acid, but reinoval of this from the product was difficult,
particularly as some ethylene sulphate is formed (Landau and Lidov, 1969). It is possible to
carry out the reaction in the absence of a catalyst, although in this case higher temperatures and
pressures are needed. The process lias been more recently described as generally taking place
in the presence of alkali (Heaton, 1984). A large number of alternative catalysts have been
suggested, with the aim of moving to milder conditions and improving the rates of reaction,
selectivity towards MEG and economic efficiency of the process, and these have been reviewed
(Soo et al., 1988). One group of catalysts is composed of heterogeneous acids, such as a
partially amine-neutralised sulphonic acid ion-exchange resin (Johnson and Watts, 1983), a
fluorinated alkyl sulphonic acid ion exchange resin (Kim, 1979) and a steam-stable zeolite in
its acid form (Chang and Hellring, 1986). Tungsten compounds were suggested (Toshihiko er
al., 1979) and this has led to a niimber of patents from the Union Carbide Corporation on
metalates in general in which it has been suggested that: (a) the rnetalate catalysts coiild be
recovered using an ion-exchange resin (Collier, 1985); (b) a two-phase liqiiid system could be
used (Briggs et al., 1985a; Briggs et al. 1985b; Keen, 1985; Keen et al., 1985); (c) the rnetalate
ions could be supported on an ion-exchange resin (Best et al., 1985); and (d) a solid-phase
catalyst containing the metalate ions could be used (Soo et al. 1988). The use of other solidphase catalysts co-ordinated to anions other than metalate was also patented (Reman and van
Kruchten, 1995).
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Scrubbing water from the EO production could be used in the hydration step, reducing water
waste and improving the MEG yield by recovering it from the EO production step (Paggini et
al., 1980). A more sophisticated method of recovery of MEG from the purge water in the EO
scrubbing step has also been patented (Dye, 1989), which involves converting the remaining EO
to MEG, removing some water to precipitate solids and separating by centrifuging. It has also
been proposed that salts are reinoved from the EO-scrubber purge stream using an ion-exchange
resin (Broz, 1975).
It is claimed that the proportion of DEC and TEG can be reduced by the use of an alkylene
glycol ether co-solvent, thus reducing the need to dilute the feed (Keen et al., 1988). The came
improvement is ciaimed by teniperature profiling in the reactor (Hirotaka et al., 1981). It had
been suggested that lower yields of higher glycols could be achieved by conducting the reaction
in a distillation column, but it lias been shown by modelling that this is not the case (Miller and
Corrigan, 1967).
A number of other improvernents to the process have been patented. One is to purify the EO
solution in water from the EO process by adsorption on carbon before the hydration reaction
(Reiche and Heckman, 1976), to produce purer MEG for fibre production. Improved methods
of separating MEG at the end of the process have been patented (Rebsdet et al., 1981;Nee1 and
Delannoy, 1985), in particular by introducing an inert gas into the MEG distillation column
(Masadata et a/., 1985).
An alternative method of converting EO to MEG has been proposed, for which higher
selectivity to MEG is claimed (van Gogh, 1991). This is a two-step reaction in which EO is
reacted with acetone in the presence of a solid acid catalyst to give 2,Z-dimethyl- 1,3-dioxolane.
This is then hydrolysed to MEG in the presence of the same catalyst and the acetone is
recovered.

3.3 Production of MEG Directly from Ethylene o r from Other Sources
Because of the low yields of EO from ethylene and predictions of rises in the cost of ethylene,
(the worst of which have not been borne out in practice), a direct route from ethylene to MEG
has been sought. In the acetoxylation process, ethylene is reacted with oxygen in an acetic acid
solution in the presence of a tellurium oxide/hydrogen bromide catalyst (Weismantel, 1979;
Barnes, 1982). The initia1 step of ethylene bromination is followed by displacement of the
bromine to give ethylene diacetate, which is then hydrolysed.

A schematic diagram of the acetoxylation process for the conversion of ethylene to MEG is
shown in Figure 3.2.
This method has found some favour with a plant with a production capacity of 360 kte/year
constructed in Texas between 1975 and 1979 (Weismantel, 1979). This plant does not appear
to be operating currently (Chemica1 Week, 1995). Aithough the yields of MEG are higher,
energy costs are also higher because of the distillation in the recovery of acetic acid. In
addition, there are corrosion problems which require the use of exotic materials (possibly
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titanium) for plant construction, making capital costs higher. Typical comparisons of yields and
energy usage for conventional and acetoxylation processes are shown below:

I

I Conventional I Acetoxylation I

I

Ethylene use

kg/kg of glycols

0.646

0.486

Energy use

kJ/kg of &cols

20

172

An analogous process, in which concentrated hydrochloric acid is wed instead of acetic acid,
and which is known as oxychlorination, is being developed in Japan. This is less far advanced
and seems to be less promising.
The syngas route is also being considered (Weismantel, 1979; Heaton, 1984). A process being
jointly developed by Union Carbide and Ube of Japan involves the oxidation of carbon
monoxide in the presence of methanol to give dimethyl oxalate, which is then reduced by
hydrogen to give MEG, regenerating the methanol. The economic viability of the syngas route
would depend on a considerable increase in the price of ethylene (Brownstein, 1975; Miller and
Corrigan, Aquilo et al., 1983). Another possible C , route is the hydroformulation of
formaldehyde (Chemica1 and Engineering News, 1983).

3.4 Processes Involving Ethylene Carbonate as an Intermediate
Ethylene carbonate (EC) routes are of interest partly because they lead into the discussion of
supercritical fluid processes. Ethylene carbonate is an interesting and useful compound in itself
(Peppel, 1958; Gunsher, 1981) and manufactured in Germany and Romania by Huls. It is used
as a high boiling solvent and as a dielectric for a new generation of electrolytic batteries. In
particular, it is a solvent for natura1 and synthetic polymers, such as lignin, cellulose ester, nylon
and PVC, and has a wide application in the production of fibres and paints. It is a starting
material for the production of a number of chemicals including d(hydroxyethy1) carbamates
used to form polyurethanes. Some of its physical properties are given below:
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Melting point

310

K

Boiling point (at 1 bara)

521

K

Density (at 3 12 K)

1322

kg.rn"

Enthalpy of vaporisation (at 423 K)

56.5

kJ.mol-'

Specific heat (at 323 K)

1.52

J.g-'.K'

ii'.hh"
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The processes described below include:
a.
b.
c.
d.

The production of EC from EO.
'The hydrolysis of EC to give MEG.
The conversion of EO to MEG in which EC is a stable intermediate (i.e. as a possible
auxi liary product).
Tlie esistence of EC as a possible iiiistable intermediate because carbon dioxide is
present.

Carbon dioxide is used i n al1 of these processes and can be partially supplied from that
produced as a by-product i n tlie production of EO. A patent claiming a method of removal of
carbon dioxide from the EO product streain has been published (Schuurmans, 1988).
The production of ethylene carbonate is wei1 established and the reaction of EO with carbon
dioxide is catalysed by a wide range of compounds (Behr, 1987). A further range of halogencontaining catalysts has been patented for the reaction at typical pressures of 8 bar to 60 bar
and temperatures of 110°C to 180°C (Wagner et al., 1992).
An example of type (b) is a patent (Morris, 1982), which describes a process for the production
of MEG from EC by contacting with water in the presence of a sulphite. The patent points out
that the EC could be manufactured in situ froin EO and carbon dioxide, which would then place
the process in type (d).
example oftype (c) is a patent (Takashi, 1984), in which EO is made to react with carbon
dioxide i n tlie preseiice of a quaternary phosphoniuni salt and water. Impurities are then
reinoved in the vapour and the product is then hydrolysed using the Same catalyst to give MEG.
Ai1

Most coinmonly, processes oftype (d) are proposed, which involve the use of carbon dioxide,
which appears to catalyse the hydrolysis, partly because of its acidic nature but also plausibly
because ethylene carbonate is an intermediate. The first found (Cocuzza et al., 1975) starts its
discussion by pointing out that, although the use of catalysts in the hydrolysis of EO reduces
the severity of the conditions required, it creates fiirther problems of corrosion and the removal
of the catalyst. in the proposed process, one fraction of the aqueous EO solution from the
stripper at the end of the EO process is evaporated to produce a gas containing EO, carbon
dioxide aiid inert gases. This gas is then compressed aiid dissolved in the other fraction of the
EO solution to produce a more concentrated solution of EO, which also contains, say O. 15% of
carbon dioxide. The reaction is then carried out i n a tubiilar reactor at around 50°C with a
residence time ofaround 10 ininutes, after whicli 99.9% oftlie EO is converted, 85% of this to
MEG. It is claimed that the reaction is faster and the proportion of MEG is higher than in the
conventional process iinder the Same concentration conditions. In a later patent (Mieno et al.,
1979), the amount of carbon dioxide was increased by supplying it at a pressure of 5bar to 1 Obar
and a quaternary phosphonium catalyst introdiiced as a catalyst. Tlie inole ratio of water to EO
is low (between 1 :1 and 4: I ) and tlie selectivity towards MEG as a product is over 95%. Similar
patents proposed the iise of basic, non-lialogen-coiitaiiiiii~(Taylor, 1980) and vanadate (Keen,
1985) catalysts.

3.5 Supercritical Fluid Processes
The processes discussed in tlie previous section, i n which the reaction occurs in an aqueous
medium in the presence of carbon dioxide, lead to the use of carbon dioxide in a supercritical
state, or close to it, as the reaction medium itself. This work began with a patent (Bhise and
Hoch, 1984) in which it kvas suggested that carbon dioxide could be used to extract EO from
a water stream i n order to purify it. A process was then suggested (Bhise, 1983) in which the
solution in carbon dioxide coiild be made to react in the presence of a phosphoniun salt catalyst.
to fonn ethylene carbonate (EC). The EC would then be hydrolysed in the presence of the same
catalyst to form MEG and tìie carbon dioxide and catalyst recycled. In a subsequent patent
(Bhise and Gilman, 1985). it was suggested that the EO could be stripped off with steam and
absorbed into an aqueous EC recycled stream, which would be bled off to be hydrolysed to
MEG as before.
The principal proposed process is shown schematically in Figure

3.3.

With reference to this figure, the feed is a stream from the ethylene oxide production plant
consisting mainly of water containing 1 mol 'XOEO, 0.14 mol % MEG and small amounts of
dissolved gases, such as ethylene aiid carbon dioxide. This stream is contacted with a stream
of carbon dioxide in the ratio of 42 moles carbon dioxide to 100 moles of water in the feed
stream, at 45°C and 85 bar, to extract substantially al1 of the EO into the carbon dioxide stream.
The water stream leaving this extractor, containing most of the MEG, which is not soluble in
carbon dioxide, is stripped of carbon dioxide and recycled to the EO plant. The carbon dioxide
stripped off is recycled to the extraction process.
The carbon dioxide stream, containing dissolved EO, is reduced in pressure to 60-65 bar to
precipitate a liquid stream containing about 30 mol % EO, 0.3 mol % water with the remainder
being carbon dioxide and trace impurities. The carbon dioxide liberated is returned to the
extractor. It must be appreciated that, although only a small change in pressure occurs, density
and phase behaviour wil1 change considerably.
The EO/carbon dioxide stream is then fed into a recirculating EC stream containing about
3 mol% of a methyl triphenyl phosphonium iodide catalyst and 28 mol% of higher glycols
(determined by the amount purged). The process does not produce a high proportion of higher
glycols, but they are allowed to accumulate in this stream to provide a solvent for the catalyst.
The combined stream recycles through carbonation reactors at 90°C and 63 bar. The EO has
a residence time of 1-5 hours by which time it is 99.5 % converted to EC. The stream removed
from the reactors is reduced in pressure to flash off carbon dioxide, which is recycled to the
extractor. The strearn then contains 68.5 mol% EC, 27.5 mol% glycols, 3.2 mol% catalyst,
water and other impurities.
Water is added to this stream in the mole ratio of 1.7: I in a hydrolysis vessel at 150°C and
63 bar. Hydrolysis is then complete (no residence time is given) with 98.9 mol% conversion
to MEG (a higher proportion than in the conventional process). Carbon dioxide is flashed off
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and returned to the extraction vessel. Tlie liquid stream from the flash vessel contains MEG,
DEG, higher glycols, water aiid catalyst in the ratios 930:2.8:380:695:44.
Water is distilled offat 0.4 bar, theii MEG is distilled at 0. I 1 bar i n a second column. DEG is
distilled offiii a third column. The reinainder of heavy products and catalyst is recycled to the
carbonation step, with sonie purge and catalyst make-up.
Recent piiblished research coiild give rise to a more direct supercritical process. Tominaga el
al. ( 1 995) have reported that EO caii be coiivei-ted directly to MEG in hydrogen containiiig
carbon dioxide. N-iiieth! Ip! rrolidiiie and a ruthenium catalyst. Carbon monoxide is also
prodiiced in tlie reaction aiid EC is thought to be an intermediate. MEG is produced in a 75%
yield, with ethyl glycol inoiioformate ( 5 % ) and ethanol (3%) being amongst the by products.
The reaction occurred maiiil- within the first 2 hoiirs. The amount of carbon dioxide used is
smal1 and the experiinents coiild not be described as being i n supercritical carbon dioxide.
However, there are reasons for think that the process would occur in siipercritical carbon
dioxide containing Iiydrogeii aiid could be much faster and more successful because the reaction
would be in one phase. Related work has been carried out by severai workers in which
ruthenium and other catalysts have been use to carry out simple reactions in carbon dioxide
(Rathke et trl., 1991; Jessop ct al., 1995; Savage ei al., 1995).
Although this is still in the research stage, a process caii be tentatively designed, although some
questions about the process reinain unanswered. This tentative process is based on a number
of publications. Firstly, it lias been shown that EO can be successfiilly stripped from a water
solution using carbon dioxide (Bhise and Hoch, 1984). Secondly, the partitioning of MEG
between water and supercritical carbon dioxide is very inuch i n favour of the aqueous solution
(McHugh and Krukonis, 1994). Thirdly, the reaction can occur with a wide range of ruthenium
catalysts (Tominaga ef u/., 1995). Fourthly, other successful reactions have been carried out
in supercritical carbon dioxide with rutheniiim catalysts, and non-ionic and electrically neutral
ruthenium catalysts caii be found whicli are qiiite soluble in carbon dioxide and not very soluble
in water (the process below relies on the fact that tlie expensive ruthenium catalyst would not
be removed in the wateríMEG product streain). Fifthly, the tiirnover figure of 200 achieved by
Toininaga et af. could probably be increased considerably, based on other ruthenium catalysed
reactions in supercritical carbon dioxide.
A scheinatic diagram ofthis tentatively proposed process is shown in Figure

3.4.

Tlie aqueous stream froin an EO process enters the top of tlie extractioníreaction vessel, where
it is contacted with a recycled supercritical carbon dioxide stream containing hydrogen, the
ruthenium catalyst and any co-catalyst required. EO would be extracted into the carbon dioxide
and after reaction the MEG would be reabsorbed back into the aqueous stream.
The product stream containiny water and MEG would pass to a distillation chain for separation
into water, MEG and by-products. Water would be recycled to the EO plant scrubber. The
heavy eiids of the distillation streain wotild be ashed, if necessary to recover ruthenium.
I
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The carbon dioxide stream would be recycled to the extractiodreaction vessel, but a proportion
would pass to a second vessel, where the carbon monoxide product would be removed. The
nature of this stage is not determined, but two possibilities exist. The first is a membrane gasseparation process. The second would be to add oxygen to the stream and pass over a heated
metal-oxide catalyst to oxidise the carbon monoxide to carbon dioxide. iiydrogen would also
be oxidised to water in this process. The ruthenium catalyst wouíd probably also be largely lost
in this process, but the ruthenium metai could be recovered from the spent catalyst periodically.
3.6 Comparison of Technology, Costs and Environmental Impact
Technology
The existing technology is wel1 established and has been refined over the years. A supercritical
fluid process involves higher pressures, but not substantiaíly so in the process under
consideration; 85 bar in the extractor as opposed to 20-25 bar in the conventional process. It
should be noted that there are now some 40 supercritical-fluid processes operating worldwide,
some up to 300 bar and that polymerisation piants sornetimes operate at higher pressures still.
The technological problems of moving to around 85 bar are thus not large.
The proportion of DEG and higher glycols can be reduced in the conventional process by
increasing the proportion of water used, but this has a cost disadvantage in final separation of
glycols (Heaton, 1984; Landau and Lidov, 1969). A compromise is typically reached at
DEG 12% and TEG 2%. Bhise (1983) claims that only 1 . 1 mol% of higher glycols are
produced in the supercritical process.
The Bhise supercritical process is more complex than the conventional proces. In particular,
it is a two-stage process via EC (although using the sarne cataiyst), compared with a one-stage
hydrolysis in the conventional proces. However, if, as seems quite possibie, published research
(Tominaga et al., 1995) could give rise to a one-stage process, a supercritical process could be
iess complex.
Costs

No details are given about costs for the supercritical proces although it is described as
‘efficient’ (Bhise, 1983). Less water is used in the supercritical fluid hydrolysis of EC
compared with the conventional hydrolysis of EO; a water to reactant ratio of 1.7:1 for the
supercritical proces compared with 15:l for the conventional process which wil1 reduce costs
for the distillation of water. Lower yields of higher glycols are aiso likely to reduce distillation
costs.
Environmental Impact
Recent articles about the econornic problems besetting the EOMEG industry do not mention
environmental problems. Much recycling of water streams is carried out and discussed in
patents; the use of scrubbing water from the EO production could be used in the hydration step,
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reducing water waste and improving the MEG yield by recovering it from the EO production
step (Paggini er al., 1980). A more sophisticated method of recovery of MEG from the purge
water in the EO scrubbing step has also been patented (Dye, 1989), which involves converting
the remaining EO to MEG, removing some water to precipitate solids and separating by
centrifuging. it has aiso been proposed that salts are removed from the EO-scrubber purge
stream using an ion-exchange resin (Broz, 1975). However, there wil1 always be some water
purges. The reduced use of water in the supercriticai-fluid process probably rneans less water
waste. This wil1 be evaluated as the result of the present project.
The distiliation advantages listed in the previous section wil1 reduce energy use.

Comparison Summary

If the results of the Bhise (1983) patent are accepted, then the likely consequences of replacing
conventional methods of MEG production from EO with a supercritical process may be
summarised as follows:

I Possibly reduced

Energy Usage

I

~~
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Design Basis and Constraints for Supercritical CO, Process

Process Description
A process is required for the preparation of ethylene glycol from ethylene oxide. Ethylene
oxide would be provided in the form of an aqueous solution. One possible process which may
be considered uses near- or super-critical carbon dioxide to extract EO from the aqueous
solution. The ethylene oxidekarbon dioxideíwater mixture is reacted over a catalyst to form
ethylene carbonate. This is then hydrolysed in the presence of the same catalyst to form
ethylene glycol. The ethylene glycol is then separated as product and the carbon dioxide and
catalyst are recycled. This process is defined in US Patent No. 4 400 559 and is described in
more detail in Section 3.5. Other patents exist which may allow this process to be simplified
and these will also be considered during development of the process.
Feedstock
The ethylene oxide feedstock will be in aqueous solution. It is prepared by the vapour phase
oxiáation of ethylene with molecular oxygen over a supported silver catalyst. The effluent from
the reaction is scrubbed with a recirculating aqueous solution to produce a relatively dilute
ethylene oxide solution, typically containing up to 10 mol% ethylene oxide, along with minor
amounts of by-products. It is proposed that this aqueous solution be used as the feedstock for
the proposed process without further treatment.
Other feedstocks would be water and carbon dioxide. The carbon dioxide would be used in the
carbonation stage, but regenerated in the hydrolysis stage; therefore, once operational, only
comparatively smal1 quantities would be required to make-up for losses from the system.
Product

The required product wil1 be ethylene glycol, typically with the following specification:
Purity
Diethylene Glycol
Water
Aldehydes

> 99.8 WWO
< 0.08 WtYO
< 0.08 wt%

< 30 ppm

Additional information on MEG specifications isgiven in Section

3.1

Catalyst
Although a number of other catalysts may be suitable, initia1 studies of the process wil1 be based
on the use of methyl triphenyl phosphonium iodide. This is a white crystailine hygroscopic
powder with a melting point in the range 185°C to 188'C and a bulk density of 450 kg/m3 to
550 kg/m3. It is relatively soluble in water and easily soluble in ethanol and chloroform.
Thermal decomposition occurs above 235°C. It is relatively stable in storage below 40°C and
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has no hazardous reactions, although if subject to fire, iodine, hydrogen iodide and phosphorus
oxides are released. Although ecotoxicological information is not available at present, toxic
action on aquatic organisms cannot óe ruled out and bioaccumulation is possible. The product
is harmful to water according to 9 19 of the German Water Act (1986) (WGK2). The catalyst
would be separated at the end of the process and recycied, but some losses would occur and
make-up catalyst would be required. Prices are typically of the order of £56,500per tonne.
Throughput
The production capacity of the plant will be 200 kte/yr of ethylene glycol, based on 8,000 hr/yr
production time. This equates to a production rate of about 25,000 kgíhr or 402.8 kmolíhr.
Operating Conditions
For the process being considered as the basis for development, a range of operating conditions
would be required throughout the process. The initia1 extraction of ethylene oxide from the
aqueous solution using supercritical carbon dioxide would operate at temperatures of the order
of 45°C and pressures of the order of 87 bara. For the conversion to ethylene carbonate,
operating temperatures and pressures of the order of 90°C and 65 bara would be necessary. This
reaction may require a residence time of between 1 and 5 hours. Hydrolysis of the ethylene
carbonate to ethylene glycol would take place at about 150°C and 65 bara.
Product purification could be by distillation at about 0.4 bara to remove water, followed by
distillation at about O. 1 1 bara to separate the ethylene glycol product from diethylene glycol and
heavier by-products, and the catalyst. This could be followed by a third distillation, at about
O. 1 1 bara, to recover the diethylene glycol, followed by evaporation to recover the catalyst.
Other methods of separation may also be considered.
Utilities
Water will be required both as a process feed and possibly for cooling purposes. Power wil1 be
required for compression and for heatinglevaporation purposes. The utility requirements may
be reduced by heat recovery and this wil1 be considered where possible.
Safety, Health and Environment
The process, any process effluents and their subsequent disposal must satisS, local safety, health
and environmental codes and standards. One purpose of this study is to investigate potential
processes with reduced emissions, therefore the process wil1 be developed with this in mind.
Constrain ts
It is the purpose of this study to develop a process with miniinal environmental impact. With
this in mind, the process selectivity for the production of MEG rather than higher glycols and
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other by-products will be maximised, ideally being 100%, in order to minimise any waste
streams. High selectivity will also reduce product separation requirements.
Wherever possible reactants, eg water and carbon dioxide, will be recycled and waste heat
recovery will be used to reduce or eliminate waste streams and to minimise energy
requirements.
Catalyst selection and control of losses will take int0 account its toxicity and other
environmental effects, since some catalyst losses are likely to occur.
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Black Box Model (Overall Mass and Energy Balance)

To assess the feasibility of using supercritical carbon dioxide in the production of ethylene
glycol from ethylene oxide, the method described in US Patent 4 400 559 and discussed in
Section 3.5 above has been selected as a basis for development. To assess its feasibility with
respect to the Design Basis discussed in Section 4 above an overall mass and energy balance
have been established by first considering the operations and reactions taking place. In the
proposed process, ethylene oxide wil1 be extracted using supercritical carbon dioxide from an
aqueous effluent produced by the ethylene oxide plant. Ethylene glycol is then produced from
ethylene oxide in a two stage process. First the ethylene oxide is converted to ethylene
carbonate by reaction with carbon dioxide. This is then followed by hydrolysis of the carbonate
with water to ethylene glycol with the consequent release of carbon dioxide. Both reactions
take place in the presence of the same catalyst.
1.

CH, OCH, +CO,=, CH,CO,CH,

ethylene
oxide

2.

carbon
dioxide

ethylene
carbonate

CH,CO,CH, +H2O- CH, OHCH, OH + CO,

ethylene
carbonate

water

ethylene
glycol

carbon
dioxide

The carbon dioxide is released at the end of the second stage so may be recycled, as may the
catalyst. Therefore, the only feedstocks for the process are ethylene oxide and water.
This study is reviewing the feasibility of a plant with a production capacity of 200 kte/yr with
a production time of 8,000 hr/yr. This equates to an ethylene glycol production rate of 25 tehr.
HYSIM has been used to model the system to establish an overall mass and energy balance. For
the initia1 assessment, a ‘black box’ model has been used with the feed streams and
productlprinciple waste streams. Since the carbon dioxide used in the carbonation reaction is
regenerated in the hydrolysis reaction and is recirculated, at this stage the model assumes direct
hydrolysis, ie the reaction:

CH,OCH, -tH,O-CH,OHCH,OH

ethylene
oxide

I5 17-RT-EI 7B6 I6C.WPD
28-Jan-97

water

ethylene
glycol

3.5.1

Kl%r\

I<I/A

SlJl’tKCKI’lICAL C Q

APIYKA I ION ro CIIEMICALPROCESSESS
PIIASE I IN‘I EKIM REPORT No I (BASE DATA)

With reference to the process described in US Patent 4 400 559, the expected yield of ethylene
glycol wil1 be about 98.9 mol%. The remainder of the ethylene oxide (via the carbonate) would
be converted to diethylene glycol and higher glycols. For the purposes of this model,
conversion to diethyleiie glycol is the only secondary reaction that has been assumed:

2 CH,OCH,- +H,-O-CH,OHCH, OCH,CH,
- OH

ethylene
oxide

water

diethylene
glycol

The ethylene oxide would be available in the form of an aqueous solution also containing some
ethylene glycol. Prior to reaction, the ethylene oxide would be stripped with carbon dioxide and
the remaining water and acsociated ethylene glycol would be returned to the ethylene oxide
plant. An additional feed of water would be required for the hydrolysis, therefore, this has been
included in the model. The patent recommends an excess of water for the hydrolysis reaction
of about 1.7 times the ethylene carbonate (and hence, the ethylene oxide) rate on a molar basis.
Therefore, the model incorporates this also. The excess would be recovered by distillation and
it may be possible to use it in waste heat recovery and then recycle it to the hydrolysis reactor.
Excess water discourages the formation of diethylene and higher glycols.
The HYSIM model used and the output produced are included in Appendix B. The mass and
energy results from the HYSIM model are shown schematically in Figure 5.1. For this model,
feed and product streams have been taken to be at the Same temperature and pressure (1 0°C and
1 bara).
This shows that the total enthalpy of the feed streams is -432.69 MW, and the total enthalpy of
the products streams is -433.36 MW, with overall 0.67 MW released throughout the process.
It should be noted that, at this stage, the model does not account for the recirculating streams,
particularly of carbon dioxide, within the ‘black box’. There would be additional energy
requirements for compression/expansion and heatinghooling losses.

I n addition, make-up carbon dioxide and catalyst would be required to compensate for losses,
and by-products other than diethylene glycol would be formed. The next stage of this study wil1
take these issues int0 account in developing the simulation model further.
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Figure 5.1 Overall Mass and Energy Balance Based on ‘Black Box’ Model
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Preliminary Flowsheet

Based on the US Patent 4 400 559, the ‘black box’ model may be developed further to show the
principle stages in the process; extraction, carbonation, hydrolysis and separation. Within these
stages, it wil1 be necessary to purge the system of contaminants at various points as by-products
build up. By-product production is likely to be small, and consequently purge streams should
reinain siiiall. Sonie by-products wil1 be allowed to build up in the system to act as a transport
medium for the catalyst. The patent suggests typically a by-product content of the order of 25%
i n the outlet stream from the carbonation stage afier removal of carbon dioxide. The recycle
stream wil1 be wed to return catalyst to the carbonation reactor inlet. Catalyst wil1 also be
separated out from the by-products by evaporation in the final separation stage and returned to
the carbonation reactor inlet. The system is shown schematically in Figure 3.6.1. The patent
suggests a recycle rate of the order of 40%.
The process wil1 be developed further and the economic and environmental effects of recycle
rate and purging wil1 be investigated in the next stage of the study.

I5 17-RT-E I 7 8 6 16C WPD
28-Jan-97

i$:fiiri;c;>;<

Wood hit1

3.6.1

Figure

6.1 Preliminary Flowsheet
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